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Executive Summary
This report documents the progress in research funded by the U.S. Department of Energy's Office of Energy Efficiency and Renewable Energy Bioenergy Technologies Office, for the conversion of biomass to infrastructure-compatible liquid hydrocarbon fuels via catalytic fast pyrolysis (CFP). This research is focused on an ex situ CFP pathway where biomass undergoes a rapid deconstruction in a fast pyrolysis reactor at approximately 500°C (932°F), followed by the separation of vapors from solids (char and mineral matter); the vapors are then sent to an ex situ catalytic reactor for upgrading. Upgrading involves deoxygenation, hydrogenation, and carboncarbon coupling, and this renders the vapors significantly less reactive and more amenable to further processing upon condensation (condensation produces CFP oil). Solids removal prior to the ex situ upgrading step provides an advantage with respect to catalyst stability and choices; catalyst choices can be further broadened to include noble metals in fixed bed systems. The effectiveness of this ex situ vapor upgrading step for CFP oil quality improvement has been verified, with experiments proving that single-step hydrotreating can deoxygenate the liquid product to <1wt% oxygen. Catalyst stability during hydrotreating of raw fast pyrolysis bio-oil is a major challenge; it requires multiple hydrotreating steps unless vapor upgrading (CFP) is included.
Significant advancements have been made with this research since it started in 2014. Catalyst development and testing has resulted in a >60% relative increase in carbon efficiency. This has allowed a quicker reduction in the modeled minimum fuel selling price (MFSP) compared to initial out-year projections documented in previous Bioenergy Technologies Office Multi Table ES-1 and Table ES- Table  ES-1, and Table ES-3 ). With the recent gains in process efficiency, research focus through 2022 will include considerations of future industrial relevance, in addition to further yield improvements primarily by reducing carbon loss to light gases (CO and CO2). Research will include: establishing longer CFP catalyst lifetimes and longer onstream times before requiring regeneration; developing more rapid regeneration; enabling the use of lower cost (and less pristine) feedstocks to allow further cost reduction and added diversity in the feedstock supply chain; and targeting improvements in fuel quality making the product fuel blendstocks more desirable for end use in transportation.
Research through 2022 and beyond will include the improvement and tailoring of CFP oil composition through further catalyst research; this can enable reduced hydroprocessing costs including the option of coprocessing at petroleum refineries, improvements in downstream fuel quality, and the production of valuable and separable coproducts.
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Introduction
The 2015 catalytic fast pyrolysis (CFP) design report [1] detailed (1) in situ and (2) ex situ catalytic fast pyrolysis as two potential research options for the conversion of biomass to liquid transportation fuels. Catalysts are included within the fast pyrolysis reactor in an in situ process. On the other hand, biomass-derived solid material (char and inorganic matter) are separated after fast pyrolysis in an ex situ process; removal of all solids from pyrolysis vapors is desirable before catalytic upgrading in an ex situ reactor. The 2015 design report helped outline the basis for technical improvements necessary for future economic viability; associated modeled costs were presented to help understand the potential value of the research improvements [2] . Experimental results were used to understand the 2014 state of technology (SOT) for both the in situ and ex situ pathways. Subsequent research under the U.S. Department of Energy's Bioenergy Technologies Office focused on the ex situ pathway because this pathway could expedite the scientific understanding of catalytic chemistry and accelerate related development by eliminating the overwhelming impact of biomass-derived solid material on catalysts in an in situ environment.
Ex situ research under this project was initiated on fluidized systems with zeolite-based (primarily ZSM-5 and metal impregnated ZSM-5) catalysts. This was based on historic precedence of experimental work documenting some of the best yields using ZSM-5 catalysts for catalytic fast pyrolysis [3] . Circulating fluidized bed systems with a combustor for coke burn-off are ideal for ZSM-5 catalysts. To broaden the research and explore other bifunctional catalyst options [4, 5] , such as those with noble metals in their formulations as one such option, an analogous fixed bed approach was proposed, and its feasibility was analyzed by Dutta et al. [6] . Consequent catalyst research and associated experimental performance showed significant yield improvements using a Pt/TiO2 catalyst [7] . Hence, the current process configuration for the 2018 SOT and projections to 2022 use the Pt/TiO2 catalyst in a fixed bed as the base configuration.
Techno-Economic Analysis Approach
The techno-economic analysis (TEA) approach for this work is similar to those detailed previously [1, 6] . Overviews of process and economic assumptions and methods are provided below. Further details are available in the previous publications.
Financial Assumptions
The modeled projections in this report are based on the technology being implemented in a mature or n th plant; additional costs associated with pioneer plants are thus not included because the purpose of this TEA is to understand the potential impact and relevance of the research in the context of future industrial implementation. A consistent set of assumptions are used for all SOT and projections. Key assumptions are listed in Table 1 . There were two significant changes to the financial assumptions compared to the previous publications [1, 6] : (1) 21% tax rate (versus a previous 35% tax rate) and (2) 2016-dollars cost basis was used.
Estimation of Capital and Operating Costs
Detailed capital costs of individual equipment and their sources were listed in the 2015 design report [1] and additional fixed bed equipment costs were presented in the subsequent analysis for fixed bed systems [6] . Note that the fixed bed system cost for this analysis was based on the #1 upstream reactor in Dutta et al. [6] , at approximately $2.5 MM base cost per 50% capacity reactor in 2013 dollars, a scaling exponent of 0.7, and an installation factor of 1.62.
Equipment costs were scaled based on process flows in the Aspen Plus process model using a scaling exponent:
The scaling exponent, n, is typically in the range of 0.6 to 0.7 for process equipment. However, it varies with equipment type, base size, and with other factors that affect scalability. Scaling factors are documented in Appendix B of the 2015 design report [1] .
Total installed cost (TIC) of the equipment, which includes associated piping, instrumentation and controls, electrical systems, buildings, yard improvements, and direct labor, were derived from the equipment cost by applying an installation factor (f installation).
Installation factors are also documented in Appendix B of the 2015 design report.
Costs were converted to 2016 dollars using:
Operating costs were adjusted using the Producer Price Index for Chemical Manufacturing [9] and capital costs were adjusted using the Chemical Engineering's Plant Cost Index [10] .
The total capital investment (TCI) was derived from the TIC in 2016 dollars after applying additional factors for overhead and contingency.
Minimum Fuel Selling Price
The TCI along with plant operating costs were used for a discounted cash flow analysis. Those costs along with the gallons gasoline equivalent (GGE) of total fuel blendstock product were used to derive the minimum fuel selling price (MFSP) in $/GGE.
The Process Model
The process was modeled in Aspen Plus with detailed a detailed accounting of all mass and energy flows. Details about the Aspen Plus [11] process model for ex situ CFP were documented in the 2015 design report [1] and the subsequent fixed bed publication [6] . The base models from the previous work were maintained for this analysis. Process assumption updates and other key aspects are described in the following sections.
Plant Design Basis
Feedstock Specifications and Plant Size
Feedstock information for this process was provided by Idaho National Laboratory (INL). Two different feedstocks were used for the 2018 SOT and the 2022 projection. The plant size was maintained at 2,000 dry metric tons per day.
The 2018 SOT feedstock was based on clean pine at $87.82/dry U.S. ton in 2016 dollars. It is projected that the process will be capable of using lower cost feedstock by 2022. The 2022 feedstock cost in this analysis is based on a blend of 75% air-classified forest residues and 25% clean pine, with an ash content of 0.51%; the modeled cost for this feedstock is $70.31/dry U.S. ton in 2016 dollars. Given the low ash and the specified moisture content in both the 2018 and 2022 feedstocks, the specification assumption in the process model was unaltered from the 2015 design report [1] , with an elemental analysis of: C:50.94%, H:6.04%, N:0.17%, S:0.03%, O:41.90%, Ash:0.92% on a dry basis, and 10% moisture at the plant gate.
The final 2022 feedstock will need to be determined via iterative research between the National Renewable Energy Laboratory and INL, with an objective to find an optimal balance between feedstock quality (affecting CFP yields) and feedstock cost. A block flow diagram for the fixed bed ex situ catalytic fast pyrolysis process is shown in Figure  1 . The design includes eight process areas, with four core operations:
Process Overview
• A100: Feedstock Handling (most of the processing occurs off-site and the TEA accounts for the feedstock delivered to the throat of the reactor through a cumulative cost) • A200: Fast Pyrolysis, Hot Gas Filtration, and Ex Situ Catalytic Vapor Upgrading • A300: CFP Product Condensation (with the separation of the organic liquid CFP oil from an aqueous wastewater stream, and use of separated permanent gases in the process) • A400: CFP Oil Hydrotreating, Hydrocracking, and Product Distillation.
Supporting operations include:
• A500: Hydrogen Production (from process off-gases) • A600: Steam System and Electricity Generation (from available excess heat) • A700: Cooling Water and Other Utilities • A800: Wastewater Utilization and Treatment (regenerative thermal oxidizer used to combust the organic content in the wastewater).
Further descriptions are included in the following section.
Process Design
Area 100: Feed Handling
As mentioned in Section 2.1, two different feedstock materials were used in the 2018 and 2022 TEA models; both feedstocks had low ash (<1%) and 10% moisture, and the modeled feedstock composition was thus unaltered in both 2018 and 2022 process models presented in this report. All feedstock growth, handling, and processing costs are included in the cumulative feedstock costs presented below. A nominal feedstock size of 2 mm is specified for this process and necessary grinding costs are included in INL's feedstock cost [12] . The only minor feedstock handling related cost added to the plant equipment is a cross-flow dryer for warming the feedstock prior to feeding to the fast pyrolysis reactor.
Currently, it is estimated that there are 21,218,792 dry U.S. tons of pine feedstocks available nationally; 11,804,620 dry U.S. tons are planted pine and 9,414,172 dry U.S. tons are pine forest residues. The amount of material that can be aggregated at a cost of approximately $87/dry U.S. ton to the reactor throat can support 8 biorefineries of 2,000 dry metric tons per day, given no competition for the resource [12] .
The cost summary for the 2018 clean pine feedstock is presented in Table 2 . An alternate feedstock using a mix of clean pine and forest residues was modeled. This scenario estimates a total of 35.9 million U.S. tons available nationwide. If we consider only the volume that is aggregable within a 725,000 dry U.S. ton supply shed (necessary for a 2,000-dry-metrictons-per-day plant operating at a 90% onstream factor) and ignore "stranded" resources, there is enough forest residue to supply 17 biorefineries at a size of 2,000 dry metric tons per day. However, it is currently believed that the quality of forest residue-based feedstock is insufficient for use in fast pyrolysis applications, with both overall ash and alkali and alkaline earth metal (AAEM) concentrations being elevated compared to clean pine. The forest residues can be made to compositionally resemble clean pine by undergoing a process of air classification and leaching. The air classification and leaching process is detailed in Hu et al. [13] . This process results in forest residues that have an overall ash content of <0.9 wt% and AAEM less than 1,300 ppm, which is similar to average values for clean pine. The projected feedstock for 2022 is a blend of clean pine and air-classified and leached forest residues that meet the quality specifications for catalytic fast pyrolysis. Blending 25% clean pine with 75% forest residue resulted in the lowest cost material with an ash content of 0.51 wt% and AAEM <1,300 ppm. The cost summary for the 2022 feedstock with 75% air-classified forest residues and 25% clean pine is presented in Table 3 . Additional feedstock options will be studied for the ex situ CFP process in the coming years, and higher ash material will be considered if they can be justified through TEA based on experimental results. 
Area 200: Fast Pyrolysis and Catalytic Vapor Upgrading
The process model for Area 200 includes a circulating fluidized bed fast pyrolysis reactor. The dual bed reactor system includes a riser reactor for fast pyrolysis of biomass at approximately 500°C (932°F), with short biomass residence times of approximately 2 seconds in the riser, and a char combustor for providing heat to the endothermic fast pyrolysis reactions; circulating sand is heated in the char combustor and sent to the riser reactor where it heats the biomass to pyrolysis temperatures. The solids (char and mineral matter) from fast pyrolysis are removed from the hot vapors by cyclones. An additional hot gas filter (HGF) is also included to remove any residual solids. This HGF is necessary because of the downstream fixed bed ex situ catalytic vapor upgrading reactor that can easily plug from any residual solids. The catalytic fixed bed reactor system includes a Pt/TiO2 catalyst with 0.5 wt% Pt loading. A 2-year catalyst lifetime is assumed in the model, along with a 70% cost recovery at the end of 2 years. A catalyst cost model, called CatCost, [14] developed under the Chemical Catalysis for Bioenergy Consortium [15] was used to estimate the cost of the Pt/TiO2 catalyst. Note that the 2015 design report [1] included a circulating fluidized bed ex situ reactor design with zeolite catalyst.
The CFP bench-scale experimental setup and analytical methods used to generate experimental results for the 2018 SOT are described by Griffin et al. [7] . As a brief overview, a 2-inch fluidized pyrolyzer was followed by an HGF and a fixed bed Pt/TiO2 vapor upgrading reactor. For the 2018 experiments, the reactor was operated with a continuous biomass feed until the catalyst deactivated. Approximately 100 g of catalyst was loaded in the fixed bed reactor, and 150 g/h of biomass was fed to the pyrolyzer. The system was operated at near atmospheric pressure with an 85% H2/15% N2 (by volume) gas flow at the rate of 17.6 standard liters per minute. Upon deactivation, the catalyst was regenerated using an air and nitrogen mixture and controlling the flows and inlet temperature so that the outlet temperature remained <480°C (896°F). Catalyst activity remained fairly stable over 90 regeneration cycles. The major developments in 2018 related to the fixed bed ex situ reactor system included the reduction in the catalyst Pt loading from 2% in 2017 to 0.5% in 2018. In addition, more efficient regeneration allowed a model assumption of two online and three regenerating reactors in 2018 versus two online and five regenerating reactors in 2017 (each reactor has a capacity to handle 50% of the vapor stream). Conservative assumptions were made when closing the carbon balance for the process model (the model needs a 100% closure): the carbon balance gap was not prorated among the measured quantities in each phase (solid char and coke, light gases, and organic and aqueous liquid phases) and the organic liquid carbon yield was kept closer to the experimental values rather than the higher value that would otherwise be obtained from a prorated distribution. The modeled yield values are shown in Table ES-1. Additional analytical equipment has been installed to further improve the experimental carbon balance closures in future years.
There are differences between the experimental system and the process model assumptions, primarily because of safety concerns with operating the available experimental equipment at elevated pressures. The modeled hydrogen partial pressure was ~5 bar, compared to the experimental partial pressure of ~0 .85 bar; the experimental results at a lower pressure suggest that the modeled hydrogen partial pressure can be reduced, which will allow further reduction in the modeled cost. Note that the reactor in the process model is at 8 bar total pressure to reduce reactor system (including hot gas filter) size and cost. The impact of maintaining a lower hydrogen partial pressure (~0.85 bar) at a higher system pressure (which will also result in a higher proportion of diluting gases) needs to be experimentally quantified before modifying future model assumptions.
The process model uses a weight hourly space velocity (WHSV) of 5 h -1 based on total vapor and gas mass flow into the reactor, with an added 70% overdesign [6] . This WHSV corresponds to a process model WHSV of approximately 3 h -1 on a dry biomass flow rate basis. Increasing online times for feasible industrial operations will be part of future research efforts.
The projected improvements by 2022 using the fixed bed ex situ vapor upgrading reactor system are also shown in Table ES-1, alongside the earlier design report projections [1] based on a fluidized ex situ system. The overall yields are comparable with the initial 2015 design. Additional significant cost reduction is projected based on improving the CFP system to handle lower cost (but poorer quality) feedstocks.
Area 300: CFP Product Condensation
The process design for this section was maintained from the 2015 design report [1] . The system consists of two direct quench absorber/condensers. The upgraded vapors from the ex situ reactors are initially cooled via indirect heat exchange up to the modeled dew point of the vapor stream. A heavy organic liquid is then condensed in the first absorber/condenser; the light organic liquid product from the second condenser is used as the quench liquid. The uncondensed light vapors from the first condenser, as well as the vaporized quench liquid are then sent through heat exchangers. The partially condensed vapors enter the second absorber/condenser column for a final quench using a stream of recycled (and cooled) light organic liquid. The bottom product of the second condenser is separated into an aqueous waste stream (sent to Area 800) and an organic product. As previously mentioned, part of this light organic liquid product is also recycled for use as a quench liquid for both the absorber/condensers. In this design the heavy organic liquid from the first condenser and light organic liquid from the second condenser are mixed and sent to Area 400 for hydroprocessing.
Area 400: CFP Oil Hydroprocessing
The 2015 design report was written based on a premise that a single reactor system can handle the hydrotreating of the CFP organic liquid. Experiments in 2017 and 2018 have proven that this is a valid assumption and it is possible to get to less than 1% oxygen content in the CFP oil after a single hydrotreating step. This is made possible by ex situ vapor upgrading that eliminates almost all highly oxygenated and reactive species such as sugars. Although aldehydes are also reactive, they are less prevalent in the CFP oil compared to ketones; ketones are less problematic. Other oxygenates present, such as phenolics, are significantly less prone to reacting and fouling hydrotreating catalysts. In fact, hydrotreating experiments at Pacific Northwest National Laboratory in 2018 showed that catalyst performance was maintained during the entire duration of 120 hours until all the CFP oil feed was exhausted; catalyst lifetime assumptions require further verification with longer experiments. The normalized carbon efficiency during hydrotreating for the 2018 SOT was 91%. An 89% carbon efficiency was assumed in the model, allowing for additional losses, including for any subsequent hydrocracking of the remaining heavy fraction. Hydrocracking experiments have not been conducted thus far. Some hydrocracking experiments are expected to be included in the coming years and the model will be recalibrated once experimental results are available. Note that the carbon efficiencies for hydrotreating were previously estimated based on a linear interpolation [1] ; those estimates have been replaced by estimates based on experimental results. A hydrotreating WHSV of 0.47 h -1 [1] was used to match the experimental liquid hourly space velocity of 0.2 h -1 , after factoring densities of the catalyst and the CFP oil. A commercial Ni-Mo sulfide catalyst was used for hydrotreating. Additional information related to the experimental setup is available in a recent publication [7] .
Area 500: Hydrogen Production
Hydrogen demands in the process were met (in the process models) without importing additional natural gas. Off-gases, primarily from catalytic fast pyrolysis, and other parts of the process, were processed in a steam reformer to produce hydrogen, and purified hydrogen was produced using pressure swing adsorption (PSA) units. Process design details for Area 500 are consistent with the 2015 design report [1] .
Area 600: Steam System and Electricity Generation
Heat available in the modeled process was used to generate electricity. Excess electricity, after meeting process demands, was sold to the grid. Process design details are consistent with the 2015 design report [1] .
Area 700: Cooling Water and Other Utilities
Air cooling was the major cooling method in the process design when in-process heat recovery was not feasible (reflected by the pinch analysis diagrams in Section 3.9). Process heat exchange and air-cooling costs are included with the costs of the respective process areas. Water cooling was used primarily for cooling process streams below 140°F; process stream temperatures of 110°F were achieved after water cooling. Chilled water was used for cooling below 110°F. Process design details for Area 700 are consistent with the 2015 design report [1] .
Area 800: Wastewater Utilization and Treatment
Organic species in the wastewater stream were oxidized in a regenerative thermal oxidizer (RTO) to allow discharge of the stream contents in an environmentally acceptable manner. Other methods of aqueous carbon utilization, both biological [16] and catalytic [17] , are being explored but not included in the base case design at this time. Overall water balance for the system is shown in Table 4 . 
Pinch Analysis and Process Heat Exchange Cost
A detailed heat exchange network was developed for the ex situ process and documented in the 2015 design report [1] . A pinch analysis was done for process heat exchange in subsequent analyses, including the 2018 SOT and 2022 projections presented in this report. The results are shown in Figure 2 . The 2018 SOT case had upper and lower pinch temperatures of 308.5°F and 285.0°F, with a ΔT min of 23.5°F. The 2022 projection had upper and lower pinch temperatures of 326.0°F and 308.8°F, with a ΔT min of 17.1°F. This analysis confirms that a feasible network is possible based on the process conditions. In addition, since the thermal profile of this system is similar to that shown for the earlier ex situ process [1] , a cost estimate for the heat exchange network for the new models can be derived by scaling the costs from the previously detailed analysis using the total process heat exchange duty (as the scaling basis). Energy balance diagrams based on the 2018 SOT and 2022 projection process models are shown in Figure 3 . Thermal dissipation accounts for most of the losses. While this may be optimized to some extent, such losses are to be expected in any high-temperature conversion process with intermediate heating and cooling, such as in this process.
Process Economics
Capital and operating costs are listed in this section. Note that most of the information presented here is based on previously documented details [1, 6] . Costs were updated to a 2016-dollars basis and scaled based on specific stream flows in the process models (as stated in Section 1.1.2).
Total Capital Investment
Installed capital costs are shown in Table 5 , with per area total purchased equipment cost (TPEC), installation factors, and TIC. a Most investment costs for feed handling and drying are included in the per-unit woody feedstock price. This cost is for a secondary biomass dryer that serves to recover heat. ISBL = inside battery limits; OSBL = outside battery limits.
The sum of equipment purchases and installation/construction costs is defined as the total direct cost (TDC). Indirect costs, such as project management and engineering, procurement, and construction services, are estimated with factors on the TDC as shown in Table 6 . The sum of direct and indirect costs is defined as the fixed capital investment (FCI). The working capital is estimated to be 5% of the FCI. The sum of FCI and working capital is the TCI. Table 7 presents a summary of these capital quantities for the 2018 SOT and 2022 projection. 
Operating Costs
Variable operating cost assumptions are shown in Table 8 . The major addition to the table in the 2015 design report [1] is the Pt/TiO2 catalyst used in the fixed bed ex situ reactor. [14] . A 2-year lifetime is assumed, with 70% cost recovery at the end of 2 years. Quantity of catalyst was determined using a WHSV of 5 h -1 and an additional 70% overdesign.
Hydrotreating and hydrocracking catalysts
To determine the amount of catalyst inventory, the hydroprocessors were sized for a WHSV of 0.5 h -1 based on the expected hydroprocessing severity. Initial fill is then replaced every 2 years.
Price: $20/lb (2011$) based on National Renewable Energy Laboratory calculations using metals pricing and costs for manufacturing processes, and some buffer for modifications.
Steam methane reformer catalysts
Based on a literature value of price per unit hydrogen produced.
Price: $7.80/U.S. ton hydrogen (2011$) [19] .
Natural gas
Purchased from pipeline for feed to steam methane reformer for hydrogen production. Natural gas has an insignificant cost contribution because of minimal process use.
Price: $239/U.S. ton ($5/MMBtu) (2011$).
Solids disposal
Price: $33/tonne (1998$) [20] . Caustic -Price: $150/dry U.S. ton (2010$) [23] .
Wastewater Most wastewater is cleaned using a reverse osmosis system and recycled. Additional treatment is assumed for the balance.
Fixed operating costs related to salaries are shown in Table 9 . Number of personnel and their salaries were maintained from the 2015 design report [1] , and salaries were adjusted using a labor cost index [24] . 
Discounted Cash Flow Analysis and the Minimum Fuel Selling Price
Once the capital and operating costs are determined, the GGE of fuel production is used to calculate an MFSP (in $/GGE) using a discounted cash flow rate of return (DCFROR) analysis.
Further details are available in the 2015 design report [1] .
Value of Hydrocarbon Fuel Products
The results of the cash flow analyses for the 2018 SOT and the 2022 projection are summarized in Table 10 . Gasoline and diesel are normalized by lower heating value to represent a single gasoline-equivalent product and MFSP. To calculate individual selling prices for gasoline and diesel, the MFSP per GGE is ratioed back to these products by lower heating value. The densities of the blendstocks were assumed to be those of U.S. conventional gasoline (2,819 grams/gallon or 6.215 lb/gallon) and diesel fuels (3,167 grams/gallon or 6.982 lb/gallon) [25] . 
Process Economics Summary and Sensitivity Analysis
The contribution of individual areas toward the MFSP on a $/GGE basis are shown in Figure 4 (2018 SOT) and Figure 5 (2022 projection). The single largest area of cost contribution is from the biomass feedstock (Area 100). It is projected that there will be a significant reduction in this area if research can enable the process to handle lower cost, poorer quality feedstocks. The 2022 projection reflects a cost reduction over the 2018 SOT, with a significant contribution from the use of a blended feedstock with 75% air-classified forest residues (the 2018 SOT used clean pine). The CFP operation (Area 200) is the next highest cost area. Research has already enabled a >50% modeled cost reduction in Area 200 compared to the 2014 SOT (Appendix A). Further cost reduction and additional robustness, along with yield improvements are the key goals of further research in this area. A discussion of the impacts of key parameters on the cost is included in the following sections.
Sensitivity Analysis
As previously mentioned, feedstock costs are the single-largest contributor to the MFSP. INL provided the related cost sensitivity information presented in Section 5.1.1. Conversion process sensitivities for the 2022 projection and impacts on the MFSP are presented in Section 5.1.2.
Feedstock Cost Sensitivity Analysis
Sensitivity analysis related to the clean pine feedstock used for the 2018 SOT is shown in Figure  6 . The modeled cost for this feedstock was $87.82/dry U.S. ton in 2016 dollars. Sensitivity analysis related to the blended feedstock modeled for the 2022 projection is shown in Figure 7 . The modeled cost for this feedstock was $70.31/dry U.S. ton for this blended material consisting of 25% clean pine and 75% air-classified forest residues. odt = oven dry ton 
Feedstock Cost Impact on the MFSP
The impact of the feedstock cost on the MFSP is shown in the next section (Item 4 in Figure 8 ).
Increasing the feedstock cost from $70.31/dry U.S. ton to $100/dry U.S. ton increases by MFSP by 13.2%. Using clean pine at $87.82/dry U.S. ton for the 2022 case (with the same yield) increases the MFSP from $2.93/GGE to $3.16/GGE.
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Financial and Overall Assumptions
Item 1 (Figure 8) shows that a larger plant can significantly reduce the production cost, provided feedstock is available at the same price. However, a constant feedstock cost assumption for larger scales does not usually hold for biomass, and feedstock cost increases can offset the gains from economies of scale. However, other options, such as deferring hydroprocessing and hydrogen production to a central facility, or a petroleum refinery, can help get some of the benefits of larger scale operations.
Favorable financing and a lower internal rate of return (IRR) expectation can help lower the MFSP (Items 3 and 8). Increased capital costs (Item 2) can increase the MFSP significantly. An onstream factor of 90% was assumed based on a mature plant scenario; lowering the onstream factor assumption from 90% to 80% (Item 7) can increase the MFSP by 8.5% because of low capital utilization. A reduced plant life (Item 10) will similarly affect the MFSP; DCFROR analysis using a longer plant life with paid off capital reduces the calculated MFSP.
Catalytic Fast Pyrolysis
CFP carbon efficiency to organic liquid (Item 5) has one of the biggest impacts on the MFSP. Research improvements and catalyst development since 2014 are the key reasons for the modeled cost reduction from $6.25/GGE in 2014 to $3.50/GGE in 2018 (Appendix A). Catalyst improvements have helped increase the carbon efficiency from 27% in 2014 to approximately 45% in 2018 (Appendix A). Note that carbon losses to coking and gases formed via cracking in an HGF are factored into this experimental efficiency reported at the bench scale; carbon losses in a scaled-up HGF system may be different because of a different vapor flow schematic and that will be studied during further scale-up. Additional deoxygenation during CFP (Item 12), while maintaining overall fuel yields, can help reduce the MFSP though reduced hydroprocessing, hydrogen production, and wastewater treatment costs.
Coke reduction in the fixed bed vapor upgrading system leads to efficiency gains toward liquid organic products compared to a ZSM-5 based fluidized system with higher coking. In fact, reduction in coking is a necessity for operational feasibility of the fixed bed system. Reduced coking can allow acceptable run durations before requiring regeneration. While liquid yield increase is the primary benefit from reduced coking, Item 23 shows that losses to the gas phase, rather than losses to the solid phase (coke or char), are economically beneficial; the primary benefit of gases versus solids in this design come from the natural compatibility of gases for hydrogen production, some of it via water gas shift, as well as savings from avoiding solids handling and combustion (in the case of additional combustion in the char combustor). Besides, the greatest benefit of coke prevention will be longer reactor online times enabling operational feasibility. 
Hydroprocessing
Similar to the CFP step, carbon efficiency during hydroprocessing has a significant impact on the MFSP (Item 9). This efficiency can be changed not only during hydroprocessing, but also in the upstream CFP step by changes to the composition of the CFP oil.
Impact of the hydrotreating, hydrocracking, and distillation (Area 400) capital is shown in Item 17. Changing hydrotreating (Item 13) and hydrocracking (Item 24) catalyst cost assumptions also affect the MFSP.
Other Plant Operations
Changes in capital cost estimates for the hydrogen plant (Item 14), steam and power production (Item 18) and wastewater management (Item 21) are also shown, and the order of their sensitivity impacts in Figure 8 is dictated by their base capital estimates. Co-location with larger facilities, such as petroleum refineries or chemical plants, can bring down these costs through economies of scale and resource integration.
Sustainability and Life Cycle Analysis
This section presents sustainability metric indicators for the 2018 SOT and 2022 projection conversion process models. Direct air emissions from the biorefinery (CO2, NO2, and SO2), water consumption, and other process-related metrics were taken from the Aspen Plus models. The material and energy flow information from the conversion models also help capture the impacts of input raw materials, and outputs such as fuel yields, waste, and coproducts. Pertinent flows are shown in Table 11 .
The input/output inventories in Table 11 also provide the necessary information required for performing life cycle and supply chain sustainability modeling to quantify greenhouse gas (GHG) emissions and fossil energy consumption. The biorefinery GHGs and fossil energy consumption are quantified separately under supply chain sustainability analysis (SCSA) efforts by Argonne National Laboratory (ANL). A complete well-to-wheel or supply chain life cycle analysis evaluation is required to understand the sustainability implications for the full supply chain based on this technology pathway and quantify associated reduction in GHG emissions from the production of the biomass-derived liquid fuel blendstock (compared to petroleumderived liquid fuels). Table 12 shows efficiency indicators and water usage metrics in the conversion process. Carbon and energy efficiencies also reflect the sustainability of the process; conversion of biomass feedstock to desirable products benefits both the economics and sustainability. The process does not require natural gas, and the model predicts that there will be a net electricity export after inprocess consumption (the electricity is produced from excess process heat). [26] at the conversion step (i.e., at the biorefinery or "gate-to-gate"), excluding upstream and downstream processes in the supply chain. The full SCSA results are reported separately [27] .
An SCSA for the ex situ CFP pathway was conducted using ANL's 2018 version of the Greenhouse gases, Regulated Emissions, and Energy use in Transportation model [26] . The SCSA incorporated the respective feedstocks modeled by INL for the 2018 SOT (100% clean pine) and the 2022 projection (75% air-classified and leached logging residues and 25% clean pine) [12] . For the conversion step, when the displacement credit of coproduced electricity is excluded, fossil energy consumption is approximately 0.11 and 0.009 MJ/MJ for the 2018 SOT and 2022 projection, respectively; GHG emission intensities are approximately 0.9 and 0.8 g CO2e/MJ, respectively, for the 2018 SOT and 2022 projection. When the displacement credit of coproduced electricity is included, net fossil energy consumption is approximately -0.004 and -0.01 MJ/MJ for the 2018 SOT and 2022 projection, respectively; net GHG emission intensities are approximately -0.3 and -0.8 g CO2e/MJ for the 2018 SOT and 2022 design cases, respectively. Energy self-sufficient conversion processes contribute to the low fossil energy consumption and low GHG emission intensities of the ex situ CFP conversion technology.
ANL's SCSA [27] showed that the overall modeled GHG reduction relative to petroleumderived gasoline is greater than 60% for both the 2018 SOT and 2022 projection; feedstock choices and related preprocessing can have significant impacts on the SCSA results.
Conclusions and Future Work
Catalyst development and related experimental efforts have led to significant gains toward future feasibility of the ex situ catalytic fast pyrolysis process for biomass conversion presented in this report (and related previous publications). A more than 60% relative improvement in carbon efficiency has been experimentally demonstrated at the bench scale in 2018 (compared to the initial 2014 benchmark). The use of a Pt-based catalyst in a catalytic fixed bed ex situ vapor upgrading reactor, with a low Pt loading of 0.5% and high-carbon efficiencies, allowed reductions in the modeled MFSP.
With the recent gains in process efficiency, research focus through 2022 will include considerations of future industrial relevance, in addition to further yield improvements primarily by reducing carbon loss to light gases (CO and CO2). Research will include: establishing longer CFP catalyst lifetimes and longer onstream times before requiring regeneration; developing more rapid regeneration; enabling the use of lower cost (and less pristine) feedstocks to allow further cost reduction and added diversity in the feedstock supply chain; and targeting improvements in fuel quality making the product fuel blendstocks more desirable for end use in transportation.
